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Solubilities of some new refrigerants in water
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Abstract

Solubility data for the refrigerants HFC23 (CHF3), HFC32 (CH2F2) and HFC125 (C2HF5) in water have been
determined as a function of the temperature in the range of temperatures 288–303 K at atmospheric pressure. These
hydrofluorocarbons (HFCs) are good substitutes of the chlorofluorocarbons (CFCs), which have significant impact
to stratospheric ozone depletion.

Theφ–φ approach has been used to predict the experimental results. The fugacity coefficients were calculated
using a modified version of the Peng–Robinson equation of state. © 2000 Elsevier Science B.V. All rights reserved.
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1. Introduction

It has been proven that the halogenated chlorofluorocarbons (CFCs), which have been widely used as
solvents, refrigerants, foaming agents and propellants have a strong ozone depletion potential, and enhance
the greenhouse effect [1]. To protect the world’s environment, it is urgent to develop alternatives to replace
CFCs. The hydrocarbons that contain no chlorine, e.g. hydrofluorocarbons (HFCs) are considered as good
candidates. The increasing need for information on the properties of these substances has led the authors to
determine the solubilities of trifluoromethane (HFC23), difluoromethane (HFC32), and pentafluoroethane
(HFC125) in water, in the temperature range 288–303 K at atmospheric pressure.

Van Ness and Abbott [2] have showed that the gas solubility problem is essentially a vapor–liquid
equilibrium problem, therefore gas solubility data can be predicted either by theγ –φ (activity coefficient–
fugacity coefficient) method or theφ–φ method. In this work, the second approach has been used to test
the applicability of a modified version of the Peng–Robinson equation of state [3]. Since this well known
cubic equation of state has been proven to correlate adequately vapor–liquid equilibrium data, we decided
to verify its effectiveness to predict solubility data.
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2. Experimental

The apparatus and technique for the solubility measurements has been published in detail previously
[4]. Anyway, in Fig. 1 we represent a schematic diagram to help to understand the experimental procedure.
The principle of the method is to bring a measured volume of liquid into contact with a known volume
of gas, at a given temperature and pressure. After equilibrium has been attained, the change in the gas
volume yields the amount of gas dissolved in the liquid, and hence the solubility. The temperature of the
liquid sample is measured with a platinum resistance thermometer (calibrated against a precision mercury
thermometer graduated to 10 mK, as certified by NPL, UK). The mercury levels in the manometer are
measured with a precision cathetometer (to 0.01 mm). After the whole apparatus has been evacuated,
the gas is introduced into the system. The working pressure is adjusted to the atmospheric pressure,
and a sample of water is injected into the absorption vessel. After mechanical shaking for 10–15 min, the
mercury is brought to level in the three tubing branches. The change in the mercury level on the right hand
tube of the manometer is measured with a cathetometer later (at least 8 h) to make sure that equilibrium
has been attained.

The experimental accuracy of the present method examined by measuring the solubility of oxygen
and carbon dioxide in water, is found being about 2%. The comparison, shown in Fig. 2 between our
experimental Henry constant values for these two systems and the literature ones indicates a very good
agreement.

Fig. 1. Solubility apparatus: (1), (2) and (3) stopcocks; (4) liquid sample injector; (5) platinum resistance thermometer; (6) double
walled absorption vessel; (7) magnetic stirrer; (8) mercury manometer and (9) mercury reservoir.
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Fig. 2. Comparison of the measured and literature reported Henry coefficients (H2,1(MPa)) for the carbon dioxide and for the
oxygen+water systems: (s) this work; (h) Zheng et al. [5]; (—) Wilhelm et al. [6].

The hydrofluorocarbons used in this work, obtained from Linde Gas, were of the the highest purity
available (99.9 mol%). The purified water has been degassed using a combination of the techniques
described by Gibbs and Van Ness [7] and Bell et al. [8].

3. Calculations

To treat the raw data, we have made the following assumptions: (i) the volume change of the liquid
sample during saturation is negligible; (ii) the gases follow the truncated virial equation to the second
term; (iii) Raoult’s law is valid for the solvent in this mixture; and (iv) the system obeys the Henry’s law.

The volume of the absorbed gas (V2) is given by:

V2 = V1 − 1V , (1)

whereV1 is the volume of the pure liquid sample injected in the absorption vessel, and1V is the measured
volume change of the gas after the equilibrium has been attained. The quantity (in mol) of gas absorbed
in the liquid is obtained by

n2 = V2

V G
m

, (2)

where

V G
m = RT

P2
+ B, (3)

and

P2 = P − (1 − x2)P
∗
1 . (4)

V G
m is the molar volume of the gas at the equilibrium temperatureT. Pdenotes the equilibrium pressure

andx2 the solubility, in mole fraction, of the gas in the liquid solution.P ∗
1 is the vapor pressure of the
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Table 1
Critical constants,Tc, Pc andVc of the pure substances

Substance Tc (K) Pc (MPa) Vc (cm3 mol−1)

H2O 647.10a 22.064a 55.83a

HFC23 298.98b 4.820c 133.11b

HFC32 351.255d 5.784d 122.70d

HFC125 339.165d 3.620d 211.305d

a [9].
b [13] (as reported by McLinden [14]).
c [14].
d [15] (as reported by Widiatmo et al. [16]).

pure solvent, calculated from the Wagner equation with coefficients determined by regression to fit the
most probable values of vapor pressure [9].

All the solubilities have been corrected to 1 atm partial pressure using the Henry’s law.B in Eq. (3) is
the second virial coefficient of the gas at the equilibrium temperature. An equation of the type

B

Vc
=

∑
i

bi

(
T

Tc

)−i

, (5)

whereVc andTc represent the critical volume and the critical temperature, respectively, has been used
with bi adjusted to the values of the compiled second virial coefficients.Which concerns C2HF5, we have
used a correlation forB given by Zhang et al. [10]. For CHF3, we have used the data of Dymond and
Smith [11] and the experimental values from Bignell and Dunlop [12], which are in agreement with the
first. For CH2F2, the latter data source was selected. In Table 1, we present the critical constants of pure
substances and in Table 2, we give the fitted parameters of Eq. (5).

The dependence of the solubility of the hydrofluorocarbons on temperature (T, in K) have been repre-
sented by the equation:

R ln x2 = A0 + A1

T
, (6)

with the parameters fitted to the data by the least–squares method.
The thermodynamic functions of the solution have been obtained from Eq. (6) by standard expressions

1H 0
2 = RT

(
∂ ln x2

∂ ln T

)
P2

= −A1 , (7)

Table 2
Fitted constants of Eq. (5) for the gases

Gas b0 b1 b2

HFC23 −1.8085 3.2121 −2.8007
HFC32 3.8772 −5.3324 –
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1S0
2 = R

[(
∂ ln x2

∂ ln T

)
P2

+ ln x2

]
= A0 , (8)

and

1G0
2 = 1H 0

2 − T 1S0
2. (9)

A modified version of Peng–Robinson equation of state has been used to predict the solubility data
obtained for the three systems. This cubic equation of state has the functional form

P = RT

V − b
− aα(T )

V (V + b) + b(V − b)
, (10)

where

a = 0.45724
R2T 2

c

Pc
, (11)

and

b = 0.07780
RTc

Pc
. (12)

For the temperature dependence of the attractive parameterα, we have used the form proposed by Melhem
et al. [3],

ln α = m

[
1 − T

Tc

]
+ n

[
1 −

√
T

Tc

]2

, (13)

wheremandn are adjustable parameters calculated by regressing experimental vapor pressure data in the
whole vapor–liquid equilibrium range. This procedure allows us to predict accurate values of the vapor
pressure of the pure components; this is especially important for the solvent, when we are modeling gas
solubility with EOS.

The mixture parameters have been calculated using the van der Waals one–fluid mixing rules

a =
∑

i

∑
j

xixjaij , (14)

b =
∑

i

xibi , (15)

whereaij was determined from the following combining rule:

aij = (1 − kij )a
0.5
i a0.5

j , (16)

wherekij is a binary interaction parameter, which has been optimized for each temperature using a
iterative procedure consisting in a FLASH calculation. With this procedure, we get the compositions of
the liquid and vapor phases, (x1, x2) and (y1, y2), respectively, at the given conditions (T, Pand feed mole
fractions,zi). The equilibrium constant,Ki , of each component is calculated by the ratio:

Ki = φL
i

φG
i

. (17)
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Table 3
Fitted parameters of Eq. (19) and average percentual deviations of the Henry constant,σ (H2,1), Eq. (20)

System m1 m2 m3 σ (H2,1) (%)

HFC23(2)/H2O(1) 0.0066 −97.3 – 0.5
HFC32(2)/H2O(1) 5.5651 −3247.9 459906 0.4
HFC125(2)/H2O(1) 3.4124 −2188.3 310191 0.8

The fugacity coefficients,φL
i andφG

i are obtained using the modified Peng–Robinson equation of state.
Finally the Henry constant,H2,1, is given by

H2,1 = lim
x2→0

[
φG

2 Py2

x2

]
, (18)

which will be compared with the experimental value. The parameterk12 has been considered temperature
dependent, and has been evaluated by the following empirical correlation [5],

k12 = m1 + m2

T
+ m3

T 2
. (19)

The regression constantsm1, m2 andm3 are given in Table 3, with the average percentual deviation of
the Henry constant,

σ(H2,1) = 1

M

[∑ |H2,1(exp) − H2,1(calc)|
H2,1(exp)

]
× 100, (20)

whereM represents the number of experimental data points and whereH2,1 decrease the space (calc) is
obtained from the FLASH calculation usingk12 parameter calculated from Eq. (19).

4. Results and discussion

The solubilities of the hydrofluorocarbons in water are reported in terms of Ostwald coefficient, the
Henry coefficient, and the mole fraction in Table 4. The Ostwald coefficient,L2,1, is defined as the ratio
of the volume of gas absorbed to the volume of the absorbing liquid, both volumes being measured at the
same temperature.

The solubility data are plotted in Fig. 3, showing that the solubility of HFC32 and HFC125 are quite
similar and that of HFC23 is much smaller.

The experimental Gibbs energies, enthalpies and entropies of solution at 298 K calculated from Eqs. (7)-
(9) for the systems studied in this work are recorded in Table 5.

As far as we know, there are no experimental solubility data for HFC32 and HFC125 in water. What
concerns the HFC23/H2O system we have found in the literature solubility values in the range (298–348 K)
[6] and in the range (278–338 K) [5]. In Fig. 4, we can compare our experimental results with the literature
ones. In the common range of temperature, we see that our values are lower than the others, but as the
temperature decreases they become closer. Actually, the figure stresses the need of more experimental
solubility data for this system.
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Table 4
Solubilities of HFC23, HFC32 and HFC125 in water expressed as mole fraction,x2 at a partial pressureP2=101325 Pa, Ostwald
coefficient,L2,1 atP2=101 325 Pa, and Henry coefficient,H2,1.

Gas T (K) x2×104 L2,1 H2,1

(MPa)

HFC23 288.30 5.067 0.660 200.0
290.55 4.800 0.630 211.1
291.55 4.685 0.617 216.3
292.30 4.608 0.608 219.9
293.15 4.437 0.587 228.4
293.67 4.367 0.579 232.0
294.30 4.308 0.572 235.2
295.25 4.157 0.554 243.8
296.00 4.089 0.546 247.8
297.08 3.961 0.531 255.8
297.60 3.891 0.522 260.4
298.38 3.823 0.514 265.0
299.68 3.681 0.497 275.3
300.50 3.596 0.487 281.8
301.49 3.485 0.473 290.7
303.03 3.377 0.461 300.2

HFC32 289.16 7.584 0.985 133.6
290.50 7.305 0.953 138.7
291.29 7.107 0.930 142.6
292.35 6.898 0.906 146.9
293.14 6.743 0.888 150.3
294.20 6.407 0.847 158.1
294.99 6.238 0.827 162.4
296.04 5.998 0.798 168.9
297.08 5.689 0.759 178.1
298.12 5.452 0.730 185.9
298.90 5.358 0.719 189.1
299.94 5.049 0.680 200.7
301.23 4.743 0.641 213.6
302.26 4.469 0.606 226.7

HFC125 289.16 7.691 0.996 131.7
290.13 7.639 0.992 132.6
291.03 7.539 0.982 134.4
292.09 7.153 0.935 141.7
293.14 6.943 0.911 145.9
294.20 6.686 0.881 151.6
294.99 6.430 0.849 157.6
296.15 6.300 0.835 160.8
297.34 5.832 0.776 173.7
299.16 5.570 0.746 181.9
299.94 5.344 0.717 189.6
301.23 5.045 0.680 200.8
302.01 4.852 0.656 208.8
303.03 4.704 0.638 215.4
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Fig. 3. Solubilities of trifluoromethane (m), difluoromethane (j), and pentafluoroethane (d), x2, in mole fraction, in water, as a
function of the temperature,T(K).

Table 5
Molar Gibbs energy of solution1G0

2, enthalpy of solution1H 0
2 and entropy of solutiona 1S0

2

System 1H 0
2 (J mol−1) 1S0

2 (J mol−1 K−1) 1G0
2 (J mol−1)

HFC23/H2O −20861 −135.35 19493
HFC32/H2O −27180 −153.29 18523
HFC125/H2O −29205 −160.48 18643

a At 298 K and 1 atm partial pressure of the gases.

Fig. 4. Comparison of the measured and literature reported Henry coefficients (H2,1(MPa)) for the H2O(1)+HFC23(2) system:
(h), Zheng et al. [5]; (s), this work; (—), Wilhelm et al. [6].
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Table 6
Parameters in the equationR ln x2=A0+A1/Ta

System A0 (J K−1 mol−1) A1 (J mol−1) σ (%) σ (H2,1) (%)

HFC23/H2O −135.348 20860.7 0.4 0.4
HFC32/H2O −160.480 29204.5 1 1
HFC125/H2O −153.287 27180.1 1 1

a σ is the average percentual deviation ofx2, (σ=(1/M)
[∑ |x2(exp) − x2(calc)|/x2(exp)

] × 100, whereM is the number of
experimental points) andσ(H2,1) represents the average percentual deviation of the Henry constant, Eq. (20).

To represent the temperature dependence of the mole fraction solubilities, Eq. (6) was fitted to the
correctedx2 values. The optimized parameters of Eq. (6) and the average percentual deviation ofx2, are
listed in Table 6. In this table we present also the average percentual deviation of the Henry constant
obtained by Eq. (20).H2,1 (calc) was obtained by the Henry’s law, withx2 calculated by Eq. (6).

The modified PREOS can model quite well the experimental solubility data. Negative values of thek12

binary interaction parameters are obtained as we can see in Fig. 5. The optimized coefficients of Eq. (19)
are shown in Table 3. For the systems HFC32 and HFC125/H2O, we have three coefficients to obtain
average deviations of the Henry constant of the order of magnitude of that of the system HFC23/H2O. We
have found that using three decimals in the values ofk12 calculated from Eq. (19) the average percentual
deviation of the Henry constant is less than 1%.

The calculation of the Henry constant with an EOS can be made in a equivalent way using the well
known expression

H2,1 = ϕ
L,∞
2 P ∗

1 , (21)

Fig. 5. Binary interaction parameterk12 as a function of temperature, (1/T). The symbols indicate the calculated values from the
modified PREOS and the lines the calculated values from Eq. (19).
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Table 7
Fitted parameters of Eq. (13) and average percentual deviations of the vapor pressurea

Substance m n σ (P) (%) Reference

H2O 0.8859 0.0268 0.7 [9]
HFC23 0.7530 0.3293 0.4 [17]

[18]
[19]

HFC32 0.7754 0.2610 0.9 [20]
HFC125 0.8155 0.2439 0.2 [21]

[16]

a σ (P)=(1/M)
[∑ |P(exp) − P(calc)|/P (exp)

] × 100, whereM is the number of experimental points.

whereϕL,∞
2 is the fugacity coefficient of the gas at infinite dilution in the liquid phase. We have realized that

the latter procedure gives the same set ofk12 parameters. The Eq. (21) stresses the need of an adequate
representation ofP ∗

1 , which is achieved using a modified version of the PREOS with an improved
function forα(T). In Table 7 we present the adjusted coefficients of Eq. (13) obtained from experimental
vapor pressure data and the respective average percentual deviation,σ (P), which is of the same order of
magnitude for all the compounds.

5. Conclusions

New experimental high accuracy solubility data have been determined for some ‘green’ refrigerants
(HFC23, HFC32, HFC125) in water, which can be alternatives of the widely used CFCs.

The Peng–Robinson equation of state in a modified form has proven to model quite well the experimental
data using only one adjustable parameter (kij ) in the combining rule for theaij constant.

List of symbols
A0 parameter in Eq. (6)
A1 parameter in Eq. (6)
B second virial coefficient (cm3 mol−1)
1G0

2 molar Gibbs energy of solution (J mol−1)
H2,1 Henry constant
1H 0

2 molar enthalpy of solution (J mol−1)
L2,1 Ostwald coefficient
n2 amount of gas absorbed in the liquid (mol)
P pressure (Pa)
P ∗

1 vapor pressure of the pure solvent (Pa)
P2 partial pressure of the solute gas (Pa)
R gas constant (J mol−1 K−1)
1S0

2 molar entropy of solution (J mol−1 K−1)
T temperature (K)
Tc critical temperature (K)
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1V measured volume change in the gas (cm3)
Vc critical volume (cm3 mol−1)
V G

m molar volume of gas (cm3 mol−1)
V1 volume of pure liquid (cm3)
V2 volume of the absorbed gas (cm3)
x2 mole fraction solubility
σ average percentual deviation
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